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ABSTRACT

An existing hybrid approach to multiphase flows, based on
a multi-fluid representation of the continuous phases and a
Lagrangian representation of dispersed phases, was
extended by a soft-sphere DEM approach. The new model
utilizes the parcel concept from single phase Euler-
Lagrangian models and is efficient also for large scale
applications in dense particulate flows. Simulations were
conducted and discussed for segregation of a bi-disperse
particle mixture in a laboratory scale fluidized bed and a
large scale fluidized bed. Results are compared to
experimental data. The presented work is part of a larger
investigation and is still work in progress. Results for the
laboratory scale fluidized bed agree well with
experimental data. For the large scale fluidized bed this is
not yet the case, although it is expected that the parcel
based soft-sphere DEM approach is giving similar results
as another hybrid approach based on kinetic theory which
have been shown earlier.
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INTRODUCTION

Chemical and petrochemical process industry use gas-
solid fluidized beds for applications like drying, coating,
catalytic cracking, etc. Improving these processes and
understanding the underlying physical phenomena is the
main motivation to develop appropriate models for
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granular-fluid systems. The Eulerian-Eulerian or Multi-
Fluid approach has been the main workhorse for such
multiphase flow simulations. Consideration of size
distributions as they appear in industrial relevant processes
requires additional sets of equations including appropriate
closing conditions as they appear in population balances.
The main drawback of these approaches is the large
increase in computational effort to provide appropriate
results. In addition a proper modelling of dense packing
and underlying collision effects needs to take into account
the size distribution as well.

In many instances, the effects of a particle size distribution
can be accounted for by the use of an appropriate mean
particle size. Such a method would be able to predict the
expansion of the bed as well as other gross parameters.
However, the amount of fines in fluid catalytic cracking
catalysts (FCC) (defined as particles below a size of 45
microns) has a significant impact on the qualitative and
quantitative aspects of fluidization of deep beds. When the
amount of fines is below a certain threshold, significant
by-passing of the gas is observed (Karimipor, 2010 and
reference therein). This leads to a poor quality of
fluidization with large parts of the bed not fluidized. The
addition of a significant amount of fines reduces
considerably gas by-passing. In this instance, it seems
imperative to include a full description of the particle size
distribution rather than just a representative diameter.

In this paper we present an efficient method which is
based on the framework of the Dense Discrete Phase
Model (Popoff and Braun, 2007), extended by a Discrete
Element Method, which makes use of the concept of
parcels.

This new model is applied first to simulate segregation of
a bi-disperse fluidized bed experiment (Goldschmidt,
2001) and then used to simulate experimental data,
published for the NETL challenge 2010 (NETL, 2010).

MODEL DESCRIPTION

The framework of the Dense Discrete Phase Model
consists of several parts: equations for the continuous gas
flow, equations describing the dispersed particle flow, and
equations coupling both parts. Dispersed phases can be
considered as continuous dispersed phases or as discrete
dispersed phases. For a continuous dispersed phase a set of
partial differential equations is solved in accordance to a
multi fluid approach. For a discrete dispersed phase a
Lagrangian approach is used and for a set of reference
particles a set of ordinary differential equations are solved.
This concept allows an adequate mixing of the best suited
methods for a specific application.



Continuous gas phase

The gas phase is modelled in the context of a multi fluid
approach, which includes a volume fraction for each
phase. The generic equations for a continuous phase p is
written as
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The first equation is the mass conservation equation which
does not consider any mass exchange between phases p
and g. This would require some additional terms which are
omitted for simplicity.

The second equation is the appropriate formulation of
change of momentum of a phase p. The summation over
all phases in this equation includes the exchange of
momentum due to drag between phase p and q, Kpq - In its

generic formulation, momentum exchange due drag can be
considered for any continuous or any dispersed phase p
with any other phase g. For this application only two
phases exist: the continuous phase consisting of air and the
disperse particle phase. The last term in equation (2) is
considered to account for other source terms which arise
from explicit formulations of virtual mass force and
pressure force acting on the particles.

Particle equations

The particle acceleration can be derived from a force
balance.
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The first term on the right hand side covers drag effects,
while the second term considers gravity. The third and
fourth term on the right hand side account for
accelerations due to virtual mass effects and pressure
force. The last term is computed from additional collision
forces acting on the particle.

The drag factor F is defined as
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where the drag coefficient C_ is modelled according to

Wen and Yu (Wen, 1966) or to Gidaspow (Gidaspow,
1992), which is a combination of Wen and Yu model and
the Ergun equation (Ergun, 1952).

The collision forces are computed following the soft
sphere approach of Cundall and Strack (Cundall, 1979).
This modelling approach has been named in the past
Discrete Element Method (DEM). Here, the forces due to
particle collision are estimated from the overlap & between
pairs of spheres or between a sphere and a boundary.
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In addition friction is considered based on the normal
force between spheres and a friction factor.

F =fF (6)
The friction factor f depends on relative velocity between
the particles and includes sticking friction, gliding friction
and high velocity friction.

Representation of particles using parcels

Equations (3) to (6) are valid for every particle. Typically,
billions of particles exist in fluidized bed and it is not
possible to solve these equations for all particles.
Therefore particles are collected into parcels and only a
reference particle in each parcel is considered. The
number of parcels represents the resolution of the discrete
dispersed phase similar to the mesh resolution of a
continuous phase. When computing the momentum

exchange term qu as well as any particle related source

term the source arising from the reference particle is
multiplied by the number of particles in the parcel.
For the DEM method the usage of parcels has also some

impact. To evaluate the collision forces Fjand F, the

mass of the colliding parcels has to be used instead of the
mass of the colliding reference particles. For this the
parcels are considered to be massive spheres. By this the
correct volume fraction of sphere packing is achieved,
when parcels are closely packed. For the evaluation of
acceleration and drag forces the reference particle

diameter dp is used.

NUMERICAL SOLUTION PROCEDURE

The sets of equations (1) and (2) are solved within
FLUENT R14.5 which is using the Finite Volume
approach for an unstructured collocated grid (Mathur,
1997). The multi-fluid formulation is based on the phase
coupled SIMPLE approach of Vasquez et. al. (Vasquez,
2000). For this application only the continuous phase of
air is discretised with equations (1) and (2). The
particulate phase is computed based on the Lagrangian
approach represented by equations (3) to (6).

Coupling of particles with the gas phase

The Lagrangian particles are tracked using an implicit
discretisation scheme of equations (3). For the
computation of the related source terms a particle source
in cell approach is utilized. In every time step the

momentum exchange coefficient qu, the particle

volume fraction, and the averaged particle velocity
components are computed once the new particle locations
are known. The momentum exchange coefficient and the
drag factor are related to each other via the following
equation
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Once these values are known in each finite volume cell,
equations (1) and (2) are solved in the continuous phase
using an iterative approach.

To increase numerical stability and reduce mesh
dependency the particle based momentum exchange

coefficient qu, the particle volume fraction, and the
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averaged particle velocity components have been averaged
between neighbouring mesh cells. For this a Gaussian



kernel has been implemented (Apte, 2008, and Kaufmann,
2008).
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Here, AX is the distance between the particle location and

the neighbouring cell, AX_,,is a characteristic length

scale of the cell containing the particle, and ‘a’ is
parameter which can be used to control the width of the
Gaussian distribution. In all simulations this value was set
to 1.
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SEGREGRATION OF BIDISPERSE FLOW

Goldschmidt measured segregation of binary mixtures of
particles with different diameters in a quasi 2d fluidized
bed. He used different mixtures of 1.5mm and 2.5mm
glass beads at several superficial velocities and extracted
the average height of each diameter class using digital
image analysis. The fluidized bed had a size of 0.15m x
0.015m x 0.7m.

From these experiments the set with 50% mass weight of
1.5mm and 2.5mm particle diameters and a superficial
velocity of 1.1m/s was simulated with the presented
approach.

Simulation Setup

The domain was discretized using nearly cubic hexahedral
cells with a cell count of 47 x 5 x 94 cells. At the bottom a
velocity of 1.1m/s was specified for the air. The perforated
plate was established by letting the particles reflect at the
bottom. The bed content was represented by 33689
Lagrangian parcels filling the bed for 0.075m. Each parcel
consisted of exactly one particle. For the collision, the
spring dashpot force law was used with a spring constant
of 100N/m. Although this is not reflecting the real
behaviour of glass beads, it has been shown by Hoomans,
that this is a suitable value in combination with an
appropriate time step for soft-sphere models (Hoomans,
2000). Simulations have been run for 120s of real time.
The center of each particle diameter class has been
monitored over time.

Results

Figure (1) shows the evolution of center of mass for large
and small diameter class over time compared to
experiments. All simulation data are shown to provide a
picture of unsteady behaviour of the different diameter
classes. Experimental data have been averaged for a
period of 10s. For the small particles the fluctuation is
much higher than for the large particles. This is consistent
with experimental data of RMS values of the height of the
center of mass (Goldschmidt, 2001).
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Figure 1: Evolution of center of mass over time of a
bidisperse mixture

LARGE SCALE NETL REACTOR

The bubbling fluidized bed reactor used in the 3" NETL
challenge has an inner diameter of 0.9m and a height of
7m. Fluidization air is supplied downwards by a ring
sparger, see figure (2). Particles, leaving the fluidized bed
at the top, are separated from the gas flow via two
cyclones and returned into the bed. Bed material consisted
of FCC particles provided by PSRI.

Experimental data have been provided for several cases
using two different particle size distributions, two different
air distributers, two different superficial gas velocities, and
several initial bed heights.

Ring Sparger

Figure 2: Geometry of bubbling fluidized bed

The size distributions of the bed material covers ranges
from 10p to 290 for the 3% fines material and from 10p
to 155u for the 12% fines material.



Pressure drop measurements along the height of the
reactor have been conducted at various locations. In
addition local difference pressure measurements were
done at 4 circumferential locations. The initial bed height
was 2.44m.

Simulation Setup

The geometry in figure (2) was discretized with a cut cell
mesh consisting of about 94,000 cells and a pure
hexahedral mesh of about 50,000 cells. The mesh
resolution was chosen to be coarse in order to investigate
fast turnaround times as it is necessary for engineering
simulations. The bed content was discretized using about
520,000 Lagrangian parcels representing the given size
distributions of figure (3). Although the parcels represent
varying particle diameters, the number of particles in each
parcel was chosen in such a way that the parcel diameter,
relevant for the DEM collisions, has been kept constant at
a value of 0.015m for all computational parcels. This
allowed for a transient time step of 0.0005s, which was
used in all simulations. The impact of mesh resolution,
parcel resolution, as well as the usage of a constant parcel
diameter for the DEM collisions needs to be investigated
separately.

Parcels leaving at the exit have been identified and
reinjected to keep the mass of the bed material constant
during the simulation. By this, the separation effect of the
cyclones could be emulated.

With the coarse mesh it was not possible to resolve the
small orifices in the original ring sparger. The inlet
velocity was adjusted accordingly to provide the
superficial gas velocity of 0.6m/s.
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Figure 3: Particle size distributions of FCC material.

All simulations have been run for 30s to establish a
transient flow field. After that the pressure has been
recorded at locations of the experiment and averaged
values were sampled for another 20 seconds. In total
100,000 time steps were done.

The simulations have been run in parallel using 8
partitions, giving typical turnaround time of 100 hours of
computational time to conduct 50s real time.

Results

Results are shown for the size distribution consisting of
3% fines.

First, simulations were carried out for the 50k hexahedral
mesh using Wen Yu drag model and a spring constant of
5000 N/m. Figures 4 to 6 give some impression of the
established flow field inside the reactor. The fluidization
air is entering at the sparger (black area in the pictures).
The bed material below the ring sparger is not fluidized
and has nearly zero velocity.
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32s, and 32.5s (from left to right).

Fluidization air is forming large bubbles and rising the bed
material. In areas of low FCC material the air has the
highest speed of up to 7 m/s. In particular at the exit
(Figure 5, top left), the air velocity magnitude is always
more than 7 m/s due to the small cross section of the exit
tube.

The FCC material is following the fluidization air at a
reduced speed (Figure 6). The transient flow patterns look
very similar.

Figure 5: Air velocity magnitude for 30s, 30.5s, 31s,
31.5s, 32s, and 32.5s (from left to right).
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Figure 6: FCC velocity magnitude for 30s, 30.5s, 315,
31.5s, 32s, and 32.5s (from left to right).

In general it looks like the bed is too much expanded, the
maximum volume fraction in the fluidized area of the bed
is typically not larger than 45%.

Averaged values of the volume fraction, air and FCC
velocity magnitude confirm this assessment (Figure 7).
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Figure 7: Averaged fields of FCC volume fraction (left),
air velocity magnitude (middle), FCC velocity magnitude

(right).

NETL provided experimental data of pressure drop
divided by gravity and distance between pressure devices.
In the simulations, the average pressure has been recorded
on planes at the appropriate z-coordinates for the last 20
seconds. The time averaged pressure has been used to
estimate the local pressure drop (Figure 8).
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Figure 8: Pressure drop per gravity and length unit.

The experimental data indicate that the bed expands to
about 3.5m above the sparger, while the simulation results
confirm that the bed expands up to the top of the reactor.
These results motivated us to further investigation of this
behaviour. For this two more simulations were conducted
using Gidaspow’s drag model and using a finer mesh with
94k cells.
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Figure 9: Influence of drag law model and mesh
resolution on pressure drop per gravity and length unit.

Using Gidaspow’s drag model a smooth distribution of the

pressure drop is achieved, but the bed expansion still does
not match the experiments. Increasing the mesh resolution
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gives a better prediction of the pressure drop in the lower
part of the reactor. In prior investigations the same case
has been simulated using the DDPM framework using
kinetic theory of granular flows (blue line in Figure 9).
Here the bed expansion was slightly under predicted
(Ozarkar, 2011).

CONCLUSION

Simulation of segregation of a bi-disperse particle mixture
in a laboratory scale fluidized bed gave good agreement
with experimental results of the height of center of mass
using the presented soft-sphere DEM approach.

For the large scale fluidized bed the presented results do
not yet compare well with experimental observation
although prior results using the DDPM framework in
combination with kinetic theory of granular flows gave
satisfying results for the bed expansion even for coarse
meshes. Variation of the mesh resolution indicates that the
mesh has a more prominent impact than observed
previously. Increasing the mesh resolution is subject to
current investigations to better understand the connection
of mesh resolution and soft-sphere collision modelling.
Therefore the results for the large scale fluidized bed are a
snapshot of current work in progress.
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